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Abstract
Beginning in the fall semester, I was a member of a team that simulated and
optimized a styrene production process in Microsoft Excel. After the base case was
simulated, parametric and topological optimizations were completed. The optimizations
had to be completed in a certain order that starts with the reactor section, then move to
the separation section, heat recovery section, heating/cooling utilities section, and ends
with the water and effluent treatment section. During this project, the first three sections
were explored. Optimizing the base case was completed by making these changes to see
how they increased the net present value of the plant.
After completing the beginning of the project in the fall semester, the next
semester, the additional project was assigned. Another topological optimization was to be
completed by using a fluidized bed reactor instead of an isothermal or adiabatic reactor,
which were the base case and optimized case respectively. Because of the differences in
feeds between the isothermal and adiabatic case, a fluidized bed reactor was simulated
using both feeds.
For this set of optimizations, the equivalent annual operating cost (EAOC) of each
type of reactor was calculated. The EAOC is a function of capital cost and the yearly
operating cost. The yearly operating cost is the yearly utility cost of the fired heater. The
capital cost is different per reactor. It is the price of an equivalent heat exchanger for the
isothermal, equivalent vessel for the adiabatic, and a given function for the fluidized bed.
The function for the fluidized bed includes the heat transfer surface area. The part of the
surface area that could be changed was the number of pipes. Since the equivalent annual
operating cost is a cost, optimizations would decrease it. The only way to decrease the
surface area is to decrease the number of tubes. Minimizing the EAOC would decrease
iv

the number of tubes to zero which is not possible so the optimizations for this part of the
project were not possible. The EAOC was, after comparing reactors, lower for the
fluidized bed. It is because there are 10 reactors of the other reactors versus 2 fluidized
bed reactors.
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Introduction to Engineering Process Design
Process design is the process of choosing and sequencing unit operations in order
to create a desired physical or chemical change in materials. Process design has been
heralded as the central point of the field of chemical engineering because it brings the
entire field together. When designing a process, there are certain constraints that must be
met in order to bridge the gap between customer needs and the predicted financial
outcome. These constraints are physical properties, government regulations, material
limitations, and economics. In order to get the best financial outcome, an iterative process
should be used.
An iterative process is also used in optimization is an important step in the design
process. There are 7 steps in the design process, shown in two phases. The first phase is
the process phase, and the second phase is the plant design phase. The steps in phase one
are as follows: identify the object, set design basis, generate possible design concepts,
fitness testing, and economic evaluation. Under generating possible design concepts falls
three types of design projects. These projects are the design of new process which makes
up 5% of design projects, new production capacity, which makes up 45% of design
projects, and modification of existing processes, which make up the last 50%. During the
fitness test step, usually, computer simulations such as Pro/II is used.
The steps in phase two are as follows: detailed equipment design and
procurement, construction, and operation. During the detailed equipment design step, a
chemical engineer should work with other engineers to ensure everything works. The
final step of the design process is usually carried out by contractors unless the project is
relatively small.
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Introduction to Engineering Process Optimization
Process optimization is done to adjust some process to optimize a process while
satisfying some constraints and is an important step in the design process. It is important
because it improves the process with which the engineers work. When optimizing a
process, engineers have choices in what variables they can change. These variables are
called design variables. Design variables can be continuous variables, such as
temperature, or discrete variables, such as the number of reactors. Continuous variables
are variables that represent a system that is smooth and uninterrupted in time. Discrete
variables are integer variables.
Changing the design variables help to optimize the process by finding the
optimum to make the process safer, more efficient, and more profitable. When
optimizing, there is a want to reach the safest, most efficient, or most profitable process
possible. This point would be the global optimum. Decision variables are often
intertwined with each other which makes reaching the global optimum almost impossible.
Because of this reason, engineers often find the discrete optimum which is found by
changing the design variables to minimize or maximize a mathematical function called
the objective function.
Usually, when choosing variables to find the discrete optimum, there should be a
pattern followed to ensure that objective function gets as close as possible to the global
optimum. The first point tested in the optimization should be from the base case. After
the base case values are tested to minimize or maximize the objective function, a value
above and below base case value should be tested. If the value above or below the base
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case value gives the best value for the objective function, a new value should be tested
between the new value and the base case value. This will account for the curves that
could be associated with the trends of the decision variables. If the base value is the best
option, no additional points need to be tested but more points can be tested if wanted.
Optimization can fall into two categories: parametric optimization and topological
optimization. Parametric optimization deals with changing parameters, such as
temperature and pressure, in order to optimize the process. In parametric optimization,
the decision variables chosen are crucial to the efficiency of the optimization process.
There are so many decision variables that it would be difficult to create an exhaustive list;
however, some of the following variables should be considered for most processes:
1. Operating conditions for the reactor
2. Single-pass conversion in the reactor
3. Recovery of unused reactants
4. Purge ratios for recycle streams containing inerts
5. Purity of products
6. Reflux ratios and component recovery in columns, and flow of mass
separating agents to absorbers, strippers, extractors, and so on
7. Operating pressure of separator
Topological optimizations deal with topology or arrangement of process
equipment, such as the type of reactor, in order to optimize the process. When dealing
with the topology of a process, the following four considerations that should be taken into
account:
1. Can unwanted by-products be eliminated?
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2. Can equipment be eliminated or rearranged?
3. Can alternative separation methods or reactor configurations be
employed?
4. To what extent can heat integration be improved?
After deciding which decision variables will be important in optimizing the
objective function, a decision should be made of whether to look at the big picture first or
look at details first. Looking at the big picture first and details second is called a topdown approach. The top-down approach looks at topological optimizations first. The
other way to look at optimization is the bottom-up approach. This approach involves
looking at the details or completing parametric optimizations, first. Each approach has its
own positives and negatives, so a good engineer should be flexible and use both
approaches to find the discrete optimum.
Optimization should be completed in a certain order which is shown in a diagram
often referred to as the optimization onion. The center of the onion is the most important
section and where optimization should begin, and as you move out from the center, the
onion says what should be optimized next.
The optimization onion suggests starting with the reactor section, then moving to
the separation section, heat recovery section, heating/cooling utilities section, and ending
with the water and effluent treatment section and is shown in Figure 1. Using a mixture of
top-down and bottom is a strategy that is employed by experienced engineers and should
be used by all engineers.
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Figure 1. The Optimization Onion used to determine the order
to preform process optimization

Overview of the Styrene Production Base Case
As a member of a four-member team, I was tasked with modeling, simulating,
pricing, and optimizing a styrene production plant (Unit 500) as the OM petrochemical
facility. The plant will produce 100,000 tonnes of styrene per year with a purity of at 99.5
weight percent from the dehydrogenation of ethylbenzene. The process was modeled in
Excel and simulated in Pro/II. There were a few tips in order to solve the base case in
Excel: the streams behave as ideal solutions/gases, the VLE calculations should be
performed using Raoult’s Law, assume perfect separation between the liquid organic and
aqueous phases in the 3 phase separator, and in the towers, nothing lighter than the light
key leaves in the bottoms and nothing heavy than the heavy key leaves in the distillate.
These tips made modeling the base case easier.
After the modeling of the base case in Excel, the plant was priced with given
economic data located in Appendix N and Chapters 6 through 9 of Analysis, Synthesis,
and Design of Chemical Processes. It uses various trends and equations to estimate the
costs of equipment, utilities, and labor. That economic data, trends, and equations are
used to give the objective function used in the project, the net present value.
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Introduction to Process Simulation
Process simulation is an important aspect of the design process and falls into Step
4, fitness testing. It is also an important step in optimization. Process simulation software
can be used to simulate process flow diagrams. PFDs show all major equipment, estimate
operating conditions, give material and energy balance and utility information. When
simulating a process with a computer simulator, there are seven steps, 3 with areas of
special concern. The steps are as follows:
1. Select chemical components
2. Select thermodynamic model
3. Input topology of flowsheet
4. Select units and select feed stream properties
5. Select equipment parameters
6. Select display output options
7. Select convergence criteria and run simulation
Steps 2, 5, and 7 are the steps that contain areas of special concern because these steps
cause the most problems when running process simulations.
In step 1, all of the necessary chemical components should be added so that the
simulator can perform the necessary calculations. These necessary components include
products, reactants, by-products, inerts, utilities, and waste chemicals. In most simulators,
the chemicals will be available in the database; however, if they are not available, there
are ways to add components. The steps to add these components is specific to each type
of simulator.
Step 2 is an important step in the synthesis of a process because everything from
the energy balance to the separation in equilibrium-stage units depends on an accurate
13

thermodynamic data. A safe choice of a thermodynamic model requires knowledge of the
system, the calculation options of the simulator, and the margin of error. The
thermodynamic model chosen will help to ensure that the calculations that the simulator
is producing are reasonable. If the wrong one is chosen, the thermodynamic model will
wildly miscalculate the entire flowsheet.
After selecting the components and the best thermodynamic package, the unit
operations of the process should be added. The flowsheet should be set up as a PFD
would be arranged. The best way to input the topology is to have the PFD or a sketch
when inputting the units. The only difference between the flowsheet and the PFD would
be the addition of splitters or mixers on a flowsheet whenever a stream on a PFD is split
or mixed. The simulator will have the available equipment it can simulate located
somewhere in the software. The streams are usually labeled numerically based on how
the streams are added but can be altered by the user.
Before a simulator can give outputs, the feed streams must be specified. These
specifications include composition, flow rate, vapor fraction, temperature, and pressure.
Usually to fully define a stream, n + 2 specifications should be given, with n being the
number of components in the stream. The flow rate of each component covers the n part
of the specification equation. The parameters that can be used to specify streams depend
on the phase of the feed streams. Temperature and pressure are used for single phase feed
streams and multicomponent two-phase streams. The vapor fraction and either the
temperature or pressure can be used for a two-phase streams with a single component.
Process simulators can be used to solve process material and energy balances,
reaction kinetics, reaction equilibrium relationships, phase-equilibrium relationships, and
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equipment performance relationships in which sufficient process design variables and
batch operations scheduling have been specified. There are 2 levels of simulations: basic
and design/performance. Basic, or level 1, has enough data to perform material and
energy balances. Design/performance, or level 2, has enough data to do as many design
calculations as possible. The input information needed will be based on the type of
equipment and the simulation level required.
A report can be generated with a wide variety of stream and equipment data
information. There are also options to report a simulation flow sheet, T-Q diagrams,
vapor and liquid flows, temperature and composition profiles for multi staged equipment,
scheduling charts, environmental parameters, and a wide variety of phase diagrams.
In process simulators, there are options to change the convergence criteria to
make it fit into a tolerance specification or have a certain number of iterations. There can
be options to change it for the entire flow sheet and for each piece of equipment. After
running the simulation, it should be checked for convergence. If the simulation has not
converged, the results are not valid and should not be used. However, a converged
solution does not automatically mean a correct solution. The simulation should be
checked to ensure the solution makes sense.
Fluidized Bed Reactor
What is a fluidized bed
A fluidized bed reactor is a catalytic reactor is which the catalyst is fluidized. This allows
for ample mixing in all directions which allows for excellent temperature stability. The
temperature stability allows fluidized bed reactors to approach isothermal operation. A
fluidized bed reactor begins as a packed bed reactor and becomes a fluidized bed reactor
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once the fluid velocity has reached the fluidization velocity. This fluidization velocity is a
function of the Reynolds number and the Archimedes number.
The height of the fluidized bed changes as the flow rate increases because the
height is proportional to the flow rate. When increasing the flow rate, one has to be wary
about increasing too much so the height of the bed does increase too much. The pressure
drop of the bed, however, is independent of the flow rate.

Figure 2. Superficial gas velocity in relation to bed height and pressure drop in a fluidized bed

Due to the nature of the fluidized bed reactor, a certain amount of feed gas
bypasses the catalyst. The bypass bubbles over the catalyst after the gas velocity reaches
the minimum fluidization velocity. This occurs because before the fluidization velocity,
the gas moves through the bed via an emulsion phase, and the additional gas introduced
after it hits this velocity will be bubbles. This feed is at the same temperature of the entire
reactor; however, it does not react. The operating temperature of the bed must be in the
range of the catalyst.
How to model reactor in Excel
The reactor is modeled as a plug flow reactor in Excel. In a plug flow reactor, the
area under the curve of the flow rate versus volume of reactor curve is the rate of
reaction. In order to get the rate of reaction that can be used to determine the change in
flow rates of each component, numerical integration is used. The reaction kinetics are
16

also used to determine the rate laws of each component. The reactor is split into intervals
and the intervals are used to determine the differential volume change in the rate law.
The density of the fluid as referenced to in the Ergun equation below is found by
finding the concentration using the ideal gas law and multiplying it by its respective
molecular weight. After getting the density of each component, a weighted average is
found for each interval of the reactor.
There are 3 necessary equations that are used in order to model the bed. The
equations are as follows
1. FA,O = FA,in + dFA
𝑛𝑛

2. 𝑃𝑃𝑜𝑜𝑜𝑜𝑜𝑜 = 𝑃𝑃𝑖𝑖𝑖𝑖 � 𝑛𝑛𝑜𝑜𝑜𝑜𝑜𝑜�
3.

𝛥𝛥𝑃𝑃

𝐿𝐿

=

𝑖𝑖𝑖𝑖

150𝑉𝑉𝑜𝑜 𝜇𝜇 (1−𝜀𝜀)2
𝜙𝜙𝑠𝑠2 𝐷𝐷𝑝𝑝2

𝜀𝜀𝜙𝜙3

+

1.75𝜌𝜌𝑉𝑉02 1−𝜀𝜀
𝜙𝜙𝑠𝑠 𝐷𝐷𝑝𝑝

𝜀𝜀 3

In equation 3, the Ergun equation, the parameters are μ, viscosity; ΦS, sphericity; DP,
diameter or the particle, ε, void fraction; and ⍴, density of the fluid. This equation gives
the pressure drop over the length of the bed.

The fluidization velocity is a function of the Reynolds number and the
Archimedes number and given by the Wen and Yu correlation below
𝑅𝑅𝑅𝑅𝑝𝑝,𝑚𝑚𝑚𝑚 =

𝑢𝑢𝑚𝑚𝑚𝑚 𝑑𝑑𝑝𝑝 𝜌𝜌𝑔𝑔
= [1135.69 + 0.0408𝐴𝐴𝐴𝐴]0.5 − 33.7
𝜇𝜇𝑔𝑔

where Ar is the Archimedes number, 𝐴𝐴𝐴𝐴 =

3 (𝜌𝜌 −𝜌𝜌 )𝜌𝜌 𝑔𝑔
𝑑𝑑𝑝𝑝
𝑠𝑠
𝑔𝑔 𝑔𝑔
2
𝜇𝜇𝑔𝑔

; dp, the particle diameter; ⍴g, the

gas density; μg, the gas viscosity; ⍴s, the catalyst density; and g, the acceleration of
gravity. After solving for the Archimedes number and the Reynolds number, the
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minimum fluidization velocity, umf, can be found. The reactor can operate within the
range of 3-10 times the minimum fluidization velocity.
The density of the solid catalyst was found by dividing the density of the catalyst
by 1 minus the void fraction. 1 minus the void fraction gives the amount of bed that is
occupied by the catalyst. The viscosity of the gas was found from using a process
simulator called Pro/II. When modeling the reactor, the density originally changed at
each interval of the reactor which affected the calculated cross-sectional area and the
length of the reactor. In order to size the reactor appropriately, the largest velocity was
chosen so the reactor was big enough to handle the fluid.
For the reactor parameters, a void fraction of 0.45, a particle diameter of 300 μm,
and a sphericity of 1 were given. For the base case fluidized bed reactor, a fluidization
velocity multiplier of 6.5 was chosen because it is the median of the range of multipliers.
In order to get the length and cross-sectional area of the reactors, the volumetric
flow rate was found from using the ideal gas law. The cross-sectional area of the reactor
was then found by dividing the volumetric flow rate from the minimum fluidization
velocity multiplied by the multiplier. The length of the reactor was given by taking the
given volume of the reactor and dividing it by the cross-sectional area. After initially
completing these calculations, the reactor was split into 2 reactors to ensure the reactor is
a reasonable size. The reactors were originally 250 m3. The reactors are now 125 m3 with
45% of the feed flowing through each reactor. This allows for the 10% feed bypass.
Model in Pro/II
The reactor should be simulated as an isothermal plug flow reactor. The is a feed
bypass of 10% which means the reactor cannot produce a single-pass conversion greater
than 90% of the equilibrium conversion. In Pro/II, this should be modeled by having 10%
18

of the feed entering a heat exchanger that will keep it at the same temperature of the feed
flowing through the reactor. For the feed that flows into the reactor, an internal heat
exchanger supplies the necessary heat to the reaction. The choice for thermodynamic
package was Soave-Redlich-Kwong (SRK) and determined based on the following
graphic.

Figure 3. Thermodynamic Data Decision Tree from Trowler, G.

Optimization of the Reactors
Calculate EAOC
For the project, the equivalent annual operating cost, EAOC, was found for each
type of reactor. Because it is a cost, the optimizations were to see which reactor gave the
lowest EAOC. The reactors are an isothermal reactor, an adiabatic reactor, and a fluidized
bed reactor. The isothermal and adiabatic reactors were modeled and optimized before
this project and are used for comparison. The following equation is used to calculate the
EAOC
𝐸𝐸𝐸𝐸𝐸𝐸𝐸𝐸 = 𝑃𝑃(𝐴𝐴/𝑃𝑃, 𝑖𝑖, 𝑛𝑛) + 𝑌𝑌𝑌𝑌𝑌𝑌
19

where P is the capital investment, (A/P, i, n) is the capital recovery factor, and YOC is
the yearly operating cost.
Since the isothermal reactor and the adiabatic reactor were the base case and
optimized case, respectively, the EAOCs were calculated using the bare module cost as
the capital investment and the utility cost of the fired heater for the YOC. The isothermal
reactor is priced as a heat exchanger and the adiabatic reactor is priced as a vessel. This is
how the capital investment is found. The plant is operating at 12% interest for 12 years.
These values should be plugged into the capital recovery factor equation
𝑖𝑖(𝑖𝑖 + 1)𝑁𝑁
𝐴𝐴/𝑃𝑃, 𝑖𝑖, 𝑛𝑛 =
(1 − 𝑖𝑖)𝑁𝑁 − 1

where i is the interest and N is the number of years.
The capital investment cost for the fluidized bed reactor is $10,000 per square
meter of heat transfer surface. The heat transfer surface is the surface area available for
heat transfer, SA = 𝜋𝜋DL#tubes, where D is the diameter of the tubes, L is the length of

tubes and #tubes is the number of tubes. The diameter of the tubes and length of the tubes
were given as 25 mm and 6.1 m, respectively. In order to determine the number of tubes,
an energy balance was performed around the reactor using NC36 as the utility flowing
through the tubes. This energy balance yielded 157 tubes in each isothermal reactor and
218 tubes in each adiabatic reactor.
How to optimize the reactors
To optimize the isothermal reactors, Pro/II simulations were used to see what
parameters were the most important. The available parameters for optimization were
steam flow rate, inlet pressure, inlet temperature, and reactor volume. The option of using
an adiabatic reactor instead of an b isothermal reactor was investigated. Based on the
20

graphs of conversion versus parameter from Pro/II, the order of which the parameters
should be optimized was determined. The order in which the optimizations occurred were
inlet temperature, inlet pressure, volume of the reactor, and, finally, flow rate of steam
entering the reactor. When choosing between isothermal and adiabatic reactors, the
reactor with the lowest NPV of the process after changing the inlet temperature was
chosen. Optimizing these parameters of the isothermal and adiabatic reactor affected the
YOC and the capital investment cost.
The capital investment cost of the fluidized bed reactor was given based on the
available heat transfer area. The only thing that can be optimized to decrease the EAOC
is decreasing the numbers of tubes since the other factors are constants. Because of this
fact, the reactor could not really be optimized by decreasing the EAOC. It would cause
the number of tubes to decrease to an unreasonable number to get the lowest possible
EAOC. If the reactor was going to be optimized to give the highest NPV such as the other
reactors were in the original project, the same parameters that the other reactors were
with the addition of the minimum fluidization velocity multiplier.
Comparison of Reactors
Because the base case reactor and the optimized reactor were different, a fluidized
bed reactor was compared to each case. There was a fluidized bed reactor modeled with
the same parameters as the base case isothermal reactor and one with the same
parameters of the optimized adiabatic reactor. The comparison of the EAOCs between
the reactors is shown in the graphs in Appendix M. For both cases, the fluidized bed
reactor seems to have the smallest EAOC by at least a factor of two. One reason the
fluidized bed reactor has the smallest cost because of the small number of reactors. The
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adiabatic and isothermal reactors have two sets of five reactors in parallel and the
fluidized bed is only two reactors.
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A: Executive Summary
Introduction
The OM Petrochemical team, Smithbusters, investigated the economic feasibility
of producing 100,000 tonnes of styrene per year with a purity of at least 99.5 wt%. The
dehydrogenation of ethylbenzene reaction will produce the styrene. This production
process is only an intermediary step. The polymerization of polystyrene will at a later
time use the final product in our process, styrene. The Smithbusters completed an
economic analysis of the base case and discretely optimized the most expensive
machinery in Microsoft Excel in order to determine the optimized process. The
Smithbusters recommend using the sensitivity analysis to discover what topological and
parametric optimizations should be completed in order to optimize the process.

Figure 1: Optimization Breakdown This graph shows the starting NPV of $(301)
million and the savings made in each step to achieve an NPV
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Base Case Assessment
After completing the economic analysis of the base case, The Smithbusters
optimized the process by comparing different decision variables and determining which
choice not only maximized the net present value (NPV), but also produced the desired
product and operated under safe process conditions. Due to the complexity of the base
case, there were many different decision variables that affected the NPV of the case
study. With the time constraint placed on the optimization process, we utilized an
economic analysis to determine what decision variables were the most impactful on the
overall NPV. The economic analysis showed that the largest expense our process
incurred was the cost of raw ethylbenzene shown in Figure 2. The second largest cost
was in the “other” cost. This cost is calculated from a formula consisting of FCI, labor,
materials, and waste treatment, meaning that there were no explicit decision variables that
directly affected this number. The third largest cost from our economic analysis was the
cost of utilities.
Having pinpointed our largest two costs that we could influence (raw material and
utilities), we decided to focus on decision variables that impacted these two costs the
most. This included sacrificing overall conversion in the reactors to increase yield and
investigating heat integration. Increasing the reactor yield decreases raw material costs by
creating a larger recycle which gives a smaller fresh feed. Heat integration saves money
from utility costs by using a stream produced in one heat exchanger as a utility stream in
another heat exchanger.
Some elements of the base case needed to be optimized or studied closer because
of their special concerns. This special concerns include the high temperature and nonstoichiometric feed of the reactors, the low pressure in the V-502 and V-503, he large
26

pressure ratio of the compressors, and the large log mean temperature difference of
exchangers E-501 through E-503 and E-505.
The high temperatures of the reactors are justified because at lower temperatures,
the reaction rates are too small to ensure a good conversion or ensure a small as possible
reactor. The non-stoichiometric feed of the reactor is justified because the large influx of
steam increases selectivity. The low pressure of the vessels is justified as well. V-501
needs a low pressure to maintain the gas phase in the vessel and V-502 is run under
vacuum to prevent polymerization of styrene. The large log mean temperature differences
of the heat exchangers are justified because their respective utilities are necessary to
perform the required heating or cooling. The large pressure ratio of the compressor was
not justified. The team addressed this special concern by introducing multistage
compression with interstage coolers.

Figure 2: Pie Chart of Expenses Graph showing the costs of operation in base case
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Optimization Process and Results
Based on results from the base case, Smithbusters’ goal was to reduce the major
expenses of raw materials and utilities. The team optimized the reactors first in an effort
to decrease the amount of raw material purchased since cost of raw materials was the
greatest expense. The variables considered when optimizing the reactor were the type of
reactor, inlet temperature, inlet pressure, the flow rate of steam into the mixing point, and
volume of the reactor. First, the team preformed a topological optimization and chose the
type of reactor. The base case originally operated with isothermal reactors, so
Smithbusters considered the possibility of operation with adiabatic reactors. The team
looked at the overall NPV related to the optimal temperature of each type of reactor to
determine the best reactor. The isothermal reactors operated at the higher NPV. Data of
the temperatures and the NPV can be found for both reactors in Appendix G.
Smithbusters decided to move forward using the isothermal reactors based off of the
optimization of temperatures. If we had optimized another variable first or the entire
reactor, the Smithbusters understand the adiabatic reactor might have been the more
suitable option for this operation. The optimum temperature is 525℃ for R-501 A-E and
540℃ for R-502 A-E. Lowering the temperature in the reactors increased selectivity
while decreasing the amount of raw material fed to the reactor. The NPV increased $53
million by optimizing the operating temperatures. From there, the team optimized the
pressure of the reactors. The NPV increased $17 million by decreasing the inlet pressure
from 190 kPa to 150 kPa. Lowering the pressure once again increased the overall
selectivity. After optimizing the pressure, the team evaluated the amount of steam
entering the reactor. The team reduced the amount of steam to 3,000 kmol per hour which
reduced the cost of utilities and size of machinery from the base case and allowed for a
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savings of roughly $1 million. Through optimization of the reactors, the total NPV
increased $71 million.
Following the optimization of the reactors, the team decided to investigate the
distillation towers, T-501 and T-502, for optimization next. We were able to increase the
NPV by $66 million by changing the material of construction of T-501 and T-502 from
titanium to carbon steel. The team changed the material of construction because titanium
is not a common material of construction for towers, and much cheaper materials are
available that are suitable for the process. We saved another $35 million by changing the
material of construction of T-501 internals and T-502 internals from nickel alloy to
carbon steel. The Smithbusters did consider hydrogen embrittlement as a possible risk;
however, after further research on hydrogen embrittlement, there is a negligible risk of
hydrogen embrittlement, due to the low temperature and pressure in T-501 and the
absence of hydrogen in T-502 so carbon steel was chosen because of its lower price.
Following material of construction optimizations, the team evaluated the temperature of
the distillate of T-501, and 40℃ was chosen, resulting in a $1 million-dollar NPV
increase. Choosing this temperature allowed less organic to vaporize and come out in the
fuel stream. The NPV increased $4 million when the team changed the pressure of T-501
from 40 kPa to 55 kPa. The team had to optimize the pressure of T-501 carefully, as
reaching the styrene polymerization temperature of 125℃ could pose a potential risk.
The team reduced the tray spacing of T-502 by 2 inches saving an additional $30 million.
We acknowledge that the reduced tray spacing can lead to decreased tray efficiency,
which is why the number of trays increased from 110 in the base case to 115 after
optimization. The NPV increased $152 million through the optimization of both towers.
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To continue separations optimization, the team investigated V-501. The
Smithbusters chose to optimize the V-501 after the towers because we believed the
towers would contribute to the greatest amount of savings. Based on the pressure change
entering the reactor, the pressure of V-501 changed to 58 kPa. Smithbusters also changed
the temperature of the vessel from 65℃ to 55℃ increasing the NPV by $38 million.
Lowering the temperature of the vessel allowed for more of the components to condense,
so less of the desired products, ethylbenzene and styrene, were lost to the fuel gas stream.
More ethylbenzene was recycled because more ethylbenzene condensed due to the lower
temperature of the 3-phase separator. This decreased the amount of raw ethylbenzene that
needed to be purchased.
After having optimized the separators, Smithbusters investigated the flow through
the compressor in the fuel gas stream. The base case compressor posed a potential risk, as
the pressure ratio between the inlet and outlet streams was greater than 3. The team added
multiple compressors with interstage coolers in order to reduce the pressure ratio. In the
base case, the compressor required 540 kW and the drive required 770 kW, which drove
up utility cost and the price of the compressor. For the optimization, a second
compressor (C-502) was added with a heat exchanger between each compressor as well
as a heat exchanger after C-502 (Appendix I). The addition of the second compressor
allows for a lower pressure ratio between the inlets and the outlets of both compressors
while still achieving the desired outlet pressure of 240 kPa at a temperature of 80℃. This
change reduced the utility cost because the power required for C-501 is now 118 kW,
CD-501 is 168 kW, C-501 is 204 kW, and CD-502 is 291 kW. Turton prices compressors
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and drives based on the work required so lowering the work required made them less
expensive. The NPV increased $14 million after optimizing the fuel gas stream.
In an attempt to reduce utility cost, the team evaluated heat integration by
diverting the high-pressure steam in stream 25 to the utility side of E-501 to replace the
utility needed to vaporize the feed stream to the reactor banks. Smithbusters found that
the stream did not have a sufficient amount of energy to transfer to the process stream to
raise it to the desired temperature. Given more time, the team would evaluate heat
integration more thoroughly in order to expose areas of the process where money is being
spent on utilities unnecessarily.
Safety Considerations
Process safety, chemical safety, and environmental safety were all important
aspects of our optimization process and the team will consider these aspects in further
designing and future operation. One safety consideration taken into account was the high
compression ratio of C-501. Higher ratios lead to higher discharge temperatures which
could damage the compressor. A damaged compressor could cause a leak of hot,
flammable, and toxic organic that could be dangerous to the people and the environment
inside and surrounding the plant. With the processes in the plant operating above the
flash points of these chemicals, ensuring that the compressor parts, and all other
components of the process, remain intact is important. An additional safety concern was
the height of T-502. With the original tray tracing of 0.35 m, T-502 was 41.5 m tall,
potentially making the tower unstable. Smithbusters decreased the tray spacing to 0.3 m,
reducing the tower height to 37.5 m, bringing the tower to a safer height.
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Since some of the chemicals in the process are toxic, a plant should consider the
effect these chemicals will have on the environment. Trying to prevent accidental
releases, proper treatment of waste from the plant, and in the case of releases, proper
emergency preparedness can help reduce the environmental impacts of this process. A
plant can try to prevent accidental releases by regular maintenance on equipment such as
the compressor, proper employee training, and materials of construction that can
withstand the operating conditions of the process, such as the high temperature of the
reactors and low pressure of the distillation column vessels. Proper waste treatment is
also important because releasing these chemicals into the environment could be
dangerous because they can affect soil, air quality, water sources, and wildlife. In the case
of an accidental release of chemicals, the plant should notify proper emergency personnel
with information on what they should do to ensure the safety of the people that live near
the plant site. With the nature of these chemicals, firefighters, police officers, EMTs, and
hazardous materials teams should know how to handle an emergency. Plant owners
should equip workers in the plant with proper PPE to ensure their safety when dealing
with these chemicals, such as respirators or flame-resistant PPE. PPE along with safe
working practices and emergency preparedness plans can help to ensure a safe plant. The
optimized process description of this scenario can be found in Appendix F.
Recommendations
Based on the savings from optimizations thus far, it is Smithbusters’
recommendation to move forward and investigate this process more thoroughly via the
following recommendations. In the short amount of time given, the optimizations resulted
in significant improvements in the net present value of the project, showing potential for
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further improvements. The next steps in optimization are investigating the addition of a
distillation column to separate the benzene and toluene stream, a more in-depth
consideration of heat integration in the process, and a further investigation into
equipment’s material of construction. Purified benzene and toluene streams can be sold
for a higher profit then the current mixed stream which we sell for half price. The
addition of a third tower would allow for the more profitable purified benzene and
toluene streams. To determine if the optimization is feasible, the cost of the tower
required to perform the desired separation must be less than the profit made from selling
the purified components. Although the one instance of heat integration investigated
during the optimization process was unsuccessful, there are more opportunities to save
money through heat integration through the rest of the process by lowering the cost of
utilities. Heat exchangers have a log mean temperature difference greater than 100℃ are
eligible for heat integration and the team would investigate which heat exchangers are
eligible. Although the material of construction for some of the equipment changed
during the optimization process, the team did not consider all of the equipment. The team
can purchase equipment, such as heat exchangers, made from cheaper materials that will
not affect the process and save money on equipment costs. Additionally, a fully
optimized adiabatic reactor may be more economic than the isothermal reactor used in
this process. During the optimization process, The Smithbusters compared an adiabatic
reactor to the isothermal reactor after only optimizing the temperature of both reactors
due to time constraints. If The Smithbusters fully optimized the adiabatic reactor, similar
to the isothermal reactor, it is feasible that this would result in a higher net present value
for the process.

33

Appendix B: Base Case PFD
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C: Base Case Stream Tables
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D: Optimized PFD
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E: Optimized Stream Tables
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F: Optimized Process Description
To begin the process of styrene production from the dehydrogenation of
ethylbenzene, 188 kmol/hr of raw, liquid ethylbenzene is fed to the plant. This raw feed
is then mixed with recycled ethylbenzene to increase the flow rate of ethylbenzene to a
total of 598 kmol/hr. After mixing the recycle and fresh feed, the liquid stream is
vaporized in heat exchanger E-501 to a temperature of 225 °C. Once vaporized, the
ethylbenzene stream is mixed with a stream of steam at 827 °C in a ratio that results in a
combined stream temperature of 525 °C. This steam is used to provide some of the
energy needed to drive the proceeding reaction and acts as a diluent.
The steam that is added to the ethylbenzene stream is produced on-site through a
fired heater, H-501. H-501 also produces steam for the utility side of E-502, which is
necessary for heating the effluent of reactor R-501 A-E from 525 °C to 540 °C, where it
will enter the second reactor, R-502 A-E.
Once the steam has been added, the resulting stream will enter the first reactor set,
R-501 A-E. This set is 5 isothermal packed bed reactors (PBR) are arranged in parallel.
At the current temperature and pressure, the single-pass conversion of R-501 A-E for
ethylbenzene to styrene is about 23%. After leaving R-501 A-E, the stream is heated to
540 °C in E-502 and will enter the second set of reactors labeled R-502 A-E. This set of
reactors is identical to the first, a set of 5 reactors, in parallel, and isothermal. The overall
conversion for the process is 36.3%.
After leaving the reactors the vapor fluid is cooled through two heat exchangers,
E-503 and E-504, and then cooled and partially condensed in E-505 to a temperature of
55 °C. After partial condensation occurs, the fluid enters a 3-phase separator, V-501. In
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the 3-phase separator, perfect separation between the vapor, aqueous, and organic phases
occur. The vapor stream from V-501 is mixed with the non-condensables from the tops
of tower T-501, put through two compressors (C-501 and C-502), in series, which
includes intermittent cooling between compressors (E-510), and cooling after the second
compressor, E-511. The effluent vapor from E-511 is removed from the process as a fuel
gas.
The aqueous phase of the is pumped through P-501 A/B, going from 58 kPa to
200 kPa, and removed from the process as wastewater.
The organic phase that is separated out in V-501 is sent through a valve and fed to
the first distillation column, T-501. Tower T-501 has 32 trays, as well as a partial
condenser and a partial reboiler. For this process, toluene is the light key while
ethylbenzene is the heavy key. Out of the tops of T-501 are two different streams, one
vapor and one liquid. The non-condensables from the tops are mixed with the vapor
stream from the three-phase separator and become the fuel gas stream. The condensed
stream from the tops of T-501 contains all the benzene from the feed in and 99% of the
toluene also. This stream is then removed from the process and sold at half price of the
individual prices of benzene and toluene.
The bottoms of T-501 is then sent to T-502, a similar distillation column
containing 115 trays. The purpose of the tower is to separate the ethylbenzene and
styrene (the two main components left in the stream). The bottoms of T-502 contains
99.9% of the styrene from the inlet, and the tops contains 99.9% of the ethylbenzene from
the inlet stream. The styrene, our desired product, is produced at 120 kmol/hr (at 99.5%
by weight). The tops of T-502 is the recycle that mixes with the raw feed of
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ethylbenzene at the beginning of the process.
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G: Optimization of Reactors

Figure 3: Operating Temperature of R-501 vs. NPV This graph compares the NPV at various
temperatures in isothermal R-501

Figure 4: Operating Temperature of Adiabatic Reactor vs. NPV This graph compares the NPV at various
temperatures in adiabatic reactor 1
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Figure 5: Inlet Pressure of R-501 vs. NPV This graph compares the NPV at various inlet pressures in R501. Based on this information

Figure 6: Length of the Reactor vs. NPV This graph compares the NPV of various lengths for the reactor.
Based on this information it was determined that the volume would remain at 50m3
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Figure 7: Flowrate of Steam vs. NPV This graph compares NPV at various amount of steam entering the
reactors.

Figure 8: Inlet Temperature of R-502 vs. NPV This graph compares the NPV at various inlet temperatures
of R-502.
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H: Optimization of Separation

Figure 9: Temperature of the Distillate vs. NPV This graph compares the NPV at various distillate
temperatures.

Figure 10: Pressure of the Distillate vs. NPV This graph shows the NPV at various tower pressures in T501
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Figure 11: Tray Spacing of R-502 vs. NPV This graph compares NPV at two different tray spacing options

Figure 12: Temperature of V-501 vs. NPV This graph shows the NPV surrounding various temperatures of
V-501.
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I: Compressor System

Figure 13: Fuel Gas Stream vs. NPV Adding a second compressor and two heat exchangers saved $14
million. In the base case the ratio of the inlet pressure to outlet pressure of C-501 was higher than 5
(anything higher than 3 should be investigated). To counteract the high ratio, inter-stage coolers and a
secondary compressor were added, which can be seen in the attached process flow diagram (PFD).
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J: Income and Cash Flow Statement of Optimized Process
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K: Equipment Specifications

Equipmen
t Tag
Pump
Type
Pump
Material
Drive Type
PowerShaft (kW)
Total
Quantity
Efficiency
Motor
Efficiency

Pumps/Drives
P-501 A/B
Centrifuga
l

P-502 A/B
Centrifuga
l

P-503 A/B
Centrifuga
l

P-504 A/B
Centrifuga
l

P-505 A/B
Centrifuga
l

P-506 A/B
Centrifuga
l

CS
Elec Exp
Proof

CS
Elec Exp
Proof

CS
Elec Exp
Proof

CS
Elec Exp
Proof

CS
Elec Exp
Proof

CS
Elec Exp
Proof

2.81

3.37

25.40

0.34

0.74

2.61

2
75%

2
75%

2
75%

2
75%

2
75%

2
75%

90%

90%

90%

90%

90%

90%

Heat Exchangers
E-505
E-504
a-b
E-506

Equipment Tag

E-501

E-502

E-503
a-b

Area (m2)
Process Side
Pressure Drop
(kPa)

170

66

621

858

858

15

15

15

15

Fixed
TS

Floating
Head

Fixed
TS

CS

SS

SS

Type
Material of
Construction

E-507

E-508

E-509

E-510

E-511

69

884

781

534

10

22

15

15

15

15

15

15

15

Fixed
TS

Fixed
TS

Fixed
TS

Floating
Head

Fixed
TS

Floating
Head

Floating
Head

Floating
Head

CS

SS

SS

CS

SS

CS

CS

CS

Fired Heater
Equipment Tag
Material of Construction

H-301
SS

Required Heat Load (MJ/hr)

95598

Maximum Heat Load (GJ/hr)

127.46

Thermal Efficiency

75%
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Reactors
Equipment Tag
Type
Material of Construction
L/D
Void fraction

R-501 a-e
Packed Bed
SS
4
0.5

R-502 a-e
Packed Bed
SS
4
0.5

50
10

50
10

1250
3755

1250
1790

Catalyst Bed Volume (m )
Catalyst Particle Diameter (mm)
3

Catalyst Bulk Density (kg/m )
Q (kW)
3

Vessels
Equipment Tag
V-501
Material of Construction
CS
Orientation
Vertical

V-502
CS
Horizontal

Towers
Equipment Tag
Material of Construction
No. of Trays
Efficiency
Feed Tray
Column Height (m)
Diameter (m)

T-501
CS
32
75%
7

T-502 a-d
CS
115
75%
30

19
3

37.5
8

Compressors and Drives
Equipment Tag
C-501
Material of Construction CS
Shaft Work (kW)
118
Adiabatic Efficiency
75%

C-502
CS
204
75%
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V-503
CS
Horizontal

L: Utility Summary Tables

M: EAOCs of Reactors

EAOC
EAOC

$9,735,976

$4,641,758

Isothermal

Fluidized Bed

EAOC
$18,465,728

$8,626,315

Adiabatic

Fluidized Bed
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N: Economic and Other Important Data/Information
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